Hydrogen is a promising carbon-neutral energy carrier for a future decarbonized energy sector. This work presents process simulation studies of the gas switching reforming (GSR) process for hydrogen production with integrated CO 2 capture (GSR-H2 process) at a minimal energy penalty. Like the conventional steam methane reforming (SMR) process, GSR combusts the off-gas fuel from the pressure swing adsorption unit to supply heat to the endothermic reforming reactions. However, GSR completes this combustion using the chemical looping combustion mechanism to achieve fuel combustion with CO 2 separation. For this reason, the GSR-H2 plant incurred an energy penalty of only 3.8 %-points relative to the conventional SMR process with 96% CO 2 capture. Further studies showed that the efficiency penalty is reduced to 0.3 %-points by including additional thermal mass in the reactor to maintain a higher reforming temperature, thereby facilitating a lower steam to carbon ratio. GSR reactors are standalone bubbling fluidized beds that will be relatively easy to scale up and operate under pressurized conditions, and the rest of the process layout uses commercially available technologies. The ability to produce clean hydrogen with no energy penalty combined with this inherent scalability makes the GSR-H2 plant a promising candidate for further research.
The recent release of the Intergovernmental Panel on Climate Change (IPCC) report on global warming of 1.5 °C [1] has once again emphasized the urgency of reducing global greenhouse gas emissions. Hydrogen offers a versatile solution as a carbon-free energy carrier for industry, transport and power. However, the vast majority of current hydrogen production comes from fossil fuels with large associated CO 2 emissions, mainly steam methane reforming (SMR) [2] .
One promising solution for clean hydrogen production is electrolysis using renewable electricity, but thermochemical conversion of fossil fuels remains significantly cheaper than these advanced hydrogen production pathways [3, 4] . The inclusion of CO 2 capture and storage (CCS) in conventional fossil fuel-based hydrogen production processes offers another solution, but the cost increase associated with conventional CCS is high (40-100%) [5] .
The primary challenge facing conventional CO 2 capture processes is the large energy penalty that results in large CO 2 avoidance costs. In a conventional SMR based H 2 plant, CO 2 can be captured from the raw hydrogen gas before PSA, tail gas from the PSA or the flue gas from reformer [6] . The cost of CO 2 avoided was estimated to be more than the CO 2 emission tax (that is between 10-20 €/t-CO 2 ) when 90% CO 2 is captured from the flue gas from the reformer [6] . In another study by Spallina et al. [7] , it was reported that the addition of an MDEA CO 2 capture process to the conventional SMR H 2 production process reduced the equivalent H 2 production efficiency from 81% to 67%. Such a substantial drop in efficiency has large negative implications on process economics, leading to a high CO 2 avoidance cost around €100/ton [7] . Cormos et al. [8] compared SMR and auto-thermal reforming (ATR) processes with CO 2 capture to produce pure H 2 . The SMR and ATR processes were integrated with gas-liquid absorption system to separate the CO 2 , and the H 2 -rich gas was further treated in a PSA to produce >99.95% pure H 2 . The SMR plant with CO 2 capture is more energy and cost efficient when compared to ATR plant for hydrogen production [8] .
Chemical looping reforming (CLR) [9] offers one solution to this challenge by deploying an oxygen carrier material to transport oxygen from air to fuel without the energy penalty usually associated with air separation. However, the conventional CLR process does not offer a natural integration of the pressure swing adsorption (PSA) off-gas fuel to supply the reforming heat as in the conventional SMR process. It has therefore been simulated in a precombustion capture configuration using MDEA to capture CO 2 with the H 2 -rich off-gas being used as a low-carbon fuel for power production [10] . The integration of membranes into the CLR process can achieve hydrogen production without any energy penalty relative to conventional processes without CO 2 capture [7] . This membrane-assisted CLR process could capture CO 2 at a negative cost due to the process intensification achieved (H 2 is produced directly from the membranes with no need for downstream processing units). However, H 2 membranes are still at an early stage of development and will require extensive testing in the hostile fluidized bed environment before this promising process can become commercially viable.
An important practical challenge faced by all chemical looping technologies is the scale-up of the interconnected reactor configuration under the pressurized conditions required for high process efficiency. Tightly controlled oxygen carrier circulation between the oxidation and reduction reactors is required to maintain overall mass and energy balances for achieving good fuel conversion. Oxygen carrier circulation is strongly influenced by the hydrodynamic behaviour of each fluidized bed reactor as well as the cyclones and loop seals between the reactors, requiring slow and careful scale-up of the technology. Pressurized operation significantly adds to this complexity.
Several reactor configurations have been proposed to address this challenge, including packed bed chemical looping [11] , the rotating reactor [12] and gas switching technology [13] . This paper will focus on the gas switching technology where the oxygen carrier is kept in a single fluidized bed reactor and alternatively exposed to oxidizing and reducing gases. In this way, the cyclones and loop seals required to circulate the oxygen carrier material in chemical looping technology are replaced by simple inlet and outlet valves. More importantly, the reactor design is greatly simplified to a standalone bubbling fluidized bed, which can be easily scaled up and pressurized. Packed bed chemical looping offers similar advantages, but efficient operation is more challenging to achieve due to the complex interaction between the reaction and heat fronts moving through the reactor, which can cause high CH 4 slippage [14] .
The gas switching reforming (GSR) process illustrated in Figure 1 will be the focus of this paper. In GSR, the reactor cycles through three steps: oxygen carrier reduction by PSA offgas fuel, steam methane reforming, and oxidation with air. Due to the dynamic gas switching required in this process, a coordinated cluster of several standalone gas switching reactors is required to form a steady state processing unit [15] . Another important feature of GSR relative to CLR is that the reduction and reforming steps are inherently separated, allowing for efficient integration of the PSA off-gas fuel [16] , which is important for maximizing efficiency. This advantage has also been identified by Spallina et al. [17] for hydrogen or methanol production using packed bed gas switching reforming reactors.
It is noted that the GSR reactor concept has been successfully demonstrated experimentally by Wassie et al. [18] where the reactor performance was studied as a function of reactor temperature and cycle length (degree of oxygen carrier utilization). Higher reactor temperature results in higher conversion of fuel and hence higher hydrogen yield, whereas longer cycle lengths (higher degree of oxygen carrier utilization) lowers the reactor temperature during the reforming step and hence reduces the fuel conversion.
Etc. The objective of this paper is to present a first of its kind system level analysis of the GSR concept integrated into an H 2 production plant. The proposed process configuration, denoted as GSR-H2, is designed to mitigate typical challenges in hydrogen production with CO 2 capture such as:
• High efficiency penalty in the case of the conventional SMR plant with amineabsorption based CO 2 capture [7] . Aside from a small pressure drop, GSR imposes no energy penalty for CO 2 separation. • A compromise between hydrogen purity and CO 2 stream purity in processes with membrane-assisted or sorption-enhanced water-gas shift and reforming [19] . The impure CO 2 stream from the PSA outlet can be efficiently combusted in the GSR reactors to yield good CO 2 purity in addition to high H 2 purity.
• Scalability of the chemical looping reforming process at higher pressures. The simple standalone bubbling fluidized bed reactors of GSR simplify design and scale-up [20] .
A first of its kind techno-economic analysis of a GSR based combined cycle power plant, referred as GSR-CC, was presented by Nazir et al. [21] . The net electrical efficiency of the GSR-CC plant was estimated to be between 45.1% and 46.2%, which is ~12%-point less than the reference power plant without CO 2 capture. The economic analysis revealed that fuel and capital cost increases due to this relatively large energy penalty were the major drivers of the high CO 2 avoidance cost [21] . Further efforts to reduce the energy penalty resulted in a GSR-CC plant with efficiency penalty of 7.2%-points with respect to the reference power plant without CO 2 capture [22] . Furthermore, since the GSR-CC process can produce a 99.99% pure H 2 stream that is combusted in the gas turbine to produce power, it can be configured for M A N U S C R I P T A C C E P T E D ACCEPTED MANUSCRIPT 6 flexible electricity and pure H 2 production. Such a flexible plant offers attractive economic performance when balancing variable renewable energy [23] .
The energy penalty in the GSR-CC process was primarily attributed to the need to generate steam for hydrogen production via steam methane reforming [22] . Since commercial H 2 production processes have similar steam requirements, it is expected that GSR will compare more favourably with benchmark technologies for hydrogen production than power production. In addition, the GSR process integration for H 2 production is simpler and would be implemented at a smaller scale than the integration for power production. For these reasons, hydrogen production is a more likely target for first deployment of the GSR technology. Previous GSR power plant studies were also limited to a GSR reactor pressure close to 18 bar for efficient integration with the power cycle operating at pressure ratios between 18-20 [21] . However, GSR for pure H 2 production does not face this limitation, allowing the pressure to be freely varied as an optimization parameter.
This work therefore presents a thorough assessment of the performance of the GSR-H2 plant over a range of design conditions relative to a reference SMR plant. GSR-H2 is also simulated without CO 2 capture to investigate the potential for early deployment of the technology before strong climate policies and CO 2 transport and storage infrastructure are in place. Following these results, clear conclusions regarding the potential of the GSR technology are presented and the requirements for future work are outlined. NG is desulphurized, mixed with steam, pre-reformed to convert higher hydrocarbons and sent for reforming in the FTR at 32.7 bar with a S/C ratio of 2.7. The selection of the S/C ratio is based on industrial practices to avoid catalyst deactivation in the FTR [7] . A fraction of NG (3%) is extracted after the desulphurization step and combusted along with the off-gas from pressure swing adsorption (PSA) step in the burner of the FTR to provide the heat for the reforming reactions. Nearly 80% of the CH 4 is reformed in the FTR to form syngas, which is subsequently cooled and treated in the WGS reactor to convert the CO and H 2 O into CO 2 and H 2 , before 99.999% pure H 2 is recovered in the PSA. The pure H 2 is compressed and made ready for transport. Steam needed for reforming is prepared through heat recovery from the hot streams in the process. The excess steam produced is exported.
Hydrogen plant with gas switching reforming and CO 2 capture (GSR-H2)
The GSR-H2 process comprises of a cluster of GSR reactors for reforming NG, a WGS reactor, a PSA unit, and H 2 and CO 2 compression stages. It is similar to the conventional SMR process, where the GSR reforming step replaces the FTR tubes, while the oxidation and reduction steps replace the FTR furnace to achieve PSA off-gas combustion with integrated CO 2 capture. The pressurized operation of the combustion steps requires significant changes to the heat integration and energy recovery strategy compared to the reference plant.
A schematic of the base case GSR-H2 process is shown in Figure 3 . NG is desulphurized, mixed with steam, pre-reformed to convert higher hydrocarbons and pre-heated before entering the GSR reforming step that is operated at 32.7 bar. The S/C ratio at the GSR inlet is 2.66, which is adjusted in every GSR-H2 simulation so that the PSA off-gas fuel (chemical potential energy not extracted as H 2 in the PSA) is just enough to supply the required amount 
of heat to the reforming reaction. Steam needed for reforming is produced through heat recovery in a series of economisers and boilers as shown in Figure 3 . NG is reformed with steam in the presence of the Ni catalyst to form syngas. The pre-heating of NG and the NGsteam mixture in Hex 1, 2 and 3 respectively is done by recovering heat from the hot syngas exiting the GSR reforming step. Similar to the reference plant, the syngas is treated in the WGS reactor to produce a stream containing mostly H 2 and CO 2 , after which 99.999% pure H 2 is recovered in the PSA and compressed to 150 bar and 30 °C for export. The PSA off-gas is compressed, pre-heated and sent to the GSR reduction step. The reduction step outlet stream contains mostly CO 2 and H 2 O, from which the H 2 O is condensed, and the CO 2 stream is compressed for transport and storage. The reduced oxygen carrier is oxidized with compressed air during the oxidation step, leaving a hot stream containing mostly N 2 . The N 2stream is cooled and then expanded in a turbine before being vented. This paper aims to identify suitable GSR operating pressures for maximizing equivalent hydrogen production efficiency. Hence, the GSR-H2 process is designed and analysed for five different GSR operating pressures between 10 and 32.7 bar, i.e. 10 ,15, 20, 25 and 32.7 bar. Although most of the process remains the same as described above for the process operating at 32.7 bar, two important modifications are made for different GSR pressures. First, in the cases with 10-25 bar pressure, air for the GSR oxidation step is compressed in one stage since the final temperature of compressed air is within the limits of the compressor design (<500 °C). For the 32.7 bar case, air is compressed in two stages with intercooling. Second, in the cases with 10-25 bar pressure, Economiser 3 is shifted to after the N 2 -gas turbine. Two factors are responsible for this change: 1) the turbine extracts less energy at low pressures, leaving more energy in the turbine outlet gases and 2) the S/C ratio for reforming becomes lower in the 20 and 25 bar cases, so more energy can be extracted in the form of work by the N 2 -gas turbine instead of raising steam for reforming. The arrangement for the 32.7 bar case is as shown in Figure 3 . Having higher pressures than 32.7 bar in the GSR reactor demands a 
higher S/C ratio, for which steam needs to either be imported from a source outside the plant or produced on site by combusting additional fuel in a separate boiler.
As discussed in more detail in the subsequent reactor modelling section, the GSR-H2 process is also analysed with increased heat capacity inside the reactors by assuming added thermal mass in the form of metal rods that result in a doubling of the specific heat capacity. The main effect of this modification is that lower S/C ratios can be used to achieve the required level of methane conversion due to the higher average reforming temperature, thus requiring less energy for steam preparation. Four cases with 20, 25, 32.7 and 40 bar pressure were analysed for additional thermal mass in the GSR reactors. In this case, operation at 40 bar could be achieved without the need for steam imports or an additional boiler. Depending on the pressure, these cases also required some modifications to the N 2 stream treatment when compared to the GSR-H2 process described above. For the 20 bar case, both Boiler 3 and Economizer 3 were moved to after the N 2 -gas turbine and additional heat was available for producing steam at 6 bar that is exported. For the 25 and 32.7 bar cases, the N 2 stream is expanded in the gas turbine, and the remaining heat in the turbine outlet gas is recovered to prepare saturated steam at 6 bar for export. In the 40 bar case, Boiler 3 is situated before the turbine and the remaining heat in the expanded N 2 stream is then recovered to prepare saturated steam at 6 bar for export. The definition of the cases analysed in this paper for different GSR pressures and additional thermal mass is shown in Table 1 . 
Methodology and Assumptions
This section will be presented in two parts: reactor and process modelling. In the reactor modelling section, the methodology to obtain results from a 0D model of the GSR reactor is presented. The reactor modelling section describes the performance of the GSR reactor for the base case, i.e. when the GSR reactor is operated at 32.7 bar, both with and without additional thermal mass. The concentration and temperature profiles during each stage of the GSR process is shown for these cases. The results from the 0D model of the GSR are then used in the process model to carry out a system scale analysis of the GSR-H2 process and estimate the key performance indicators like equivalent hydrogen production efficiency, CO 2 capture and avoidance rate and specific primary energy consumption for CO 2 avoided (SPECCA). The process modelling section outlines the methodology and assumptions to model the GSR-H2 process followed by the equations to calculate the key performance indicators. A simple
model to estimate the recovery of 99.999% pure H 2 from the PSA system is also proposed based on the data points available in literature.
Reactor modelling
The transient behaviour of the GSR reactor is modelled in Matlab R2018b by solving the mass and energy balances of the reactor. This 0D model is based on two primary assumptions: 1) that the reactor behaves as a continuous stirred tank reactor (CSTR) and 2) that chemical and thermal equilibrium is reached within the reactor. Both these assumptions are reasonable considering the excellent mixing of fluidized beds and the large dimensions of industrial scale fluidized bed reactors. A previous experimental study showed that the highly reactive oxygen carrier employed in this work achieved equilibrium conversion even in a lab-scale reactor [18] , adding further confidence in this assumption. More details regarding the balance and chemical reaction equations that are solved in the 0D model can be found in a previous study [21] .
The only important modification in this study is that the percentage oxygen carrier utilization, i.e. the percentage of the 30 mass% active Ni in the oxygen carrier that is oxidized in the oxidation step, is set equal to the reactor pressure in bars. This is done to keep the undesired mixing when switching between the different reactor steps close to constant for the different reactor pressures considered in the present study, thus maintaining a similar level of CO 2 capture in all cases for ease of comparison. Figure 4 .a shows the general behaviour of the GSR reactor over a full cycle of operation in the base case. In the reduction step (0-1 on the x-axis), the fuel in the PSA off-gas reduces the oxygen carrier, yielding an outlet stream consisting mainly of CO 2 and H 2 O. In the reforming step (1-4 on the x-axis), methane is reformed to hydrogen and carbon monoxide. The reactor temperature drops rapidly in this step due to the highly endothermic reforming reaction. Finally, in the oxidation step (4-5 on the x-axis), the oxygen carrier is oxidized by air, heating the reactor during the highly exothermic reaction. The undesired mixing of nitrogen into the reduction step and carbon dioxide into the oxidation step can also be observed. Figure 4 shows the effect of reactor pressure on the GSR behaviour. Since the oxygen carrier utilization is kept proportional to the pressure, the step length increases with increasing reactor pressure. As a result, the temperature variation across the cycle is larger in Figure 4 .a than in Figure 4 .b. Since the maximum temperature in the cycle is maintained at 1100 °C, this leads to lower temperatures being reached in the higher pressure cases, which results in a lower average methane conversion across the entire reforming step. This is clearly visible in Figure 4 , where the 32.7 bar case showed significant CH 4 To counteract this challenge, additional cases were included where it was assumed that steel rods are inserted into the reactor such that the effective heat capacity of the oxygen carrier doubles. This will require about 25% of the reactor volume to be filled with steel rods and a 33% increase in total reactor volume to keep the active reactor volume constant. As shown in Figure 5 , doubling the heat capacity in the reactor effectively halves the temperature variation throughout the cycle for the same oxygen carrier utilization. Consequently, the case with the added thermal mass leads to a significantly higher average temperature in the reforming step, resulting in a higher methane conversion. The lower S/C ratio used in the case with added thermal mass is also clearly visible in the stream compositions in Figure 5 
Process modelling
All process components are modelled in Aspen Hysys V8.6 [25] , except the GSR reactor, which is modelled in Matlab. The Peng-Robinson equation of state is used to estimate the thermodynamic properties of the components and the mixtures in the streams. A countercurrent shell and tube configuration is assumed for the heat exchangers, boilers, economisers and superheaters. The pre-reformer and the FTR are modelled using the Gibbs reactor module and the WGS reactor using the equilibrium reactor module in Aspen Hysys, whereas the PSA is modelled as a black box with the H 2 recovery estimated from Eq. 1. Key process modelling assumptions are summarized in Table 2 . Figure 6 shows that it provides a reasonable estimate over the range of pressure ratios investigated in this study and that more detailed PSA modelling would only yield marginal increases in accuracy. Figure 6 : The match between Eq. 1 and the four datapoints from which it was derived to estimate hydrogen recovery around the PSA Several performance indicators for the hydrogen production processes are defined below. Some indicators use the equivalent NG consumed in the process as given by Eq. 2, where W el is the net electrical power production and Q th is the thermal energy exports in the form of 6 bar saturated steam. The constants 0.9 and 0.583 are the efficiencies associated with using natural gas for steam generation in a boiler and power production in a combined cycle power plant respectively [7] .
The hydrogen production efficiency and equivalent hydrogen production efficiency are defined as follows:
Next, the CO 2 capture and CO 2 avoidance are defined, where E NG = 56.8 g CO 2 /MJ LHV is the CO 2 intensity of natural gas combustion, whereas E th = 63.3 g CO 2 /MJ and E el = 97.7 g CO 2 /MJ are the avoided CO 2 intensities of steam and electricity exports respectively [7] . The values of E th and E el depend on the efficiency of converting natural gas to steam (0.9 in Eq. 2) and power (0.583 in Eq. 2). The process CO 2 intensity and its equivalent (g CO 2 /MJ) are expressed as follows:
Finally, the specific energy consumption for CO 2 avoidance (MJ/kg CO 
Results and Discussion
The main results for the analysis for the SMR and GSR-H2 plants are shown in Table 3 . Process performance for each case is quantified in terms of equivalent hydrogen production efficiency, CO 2 avoidance and SPECCA. The results for different cases are discussed below.
Reference SMR plant and base case GSR-H2 plant (P 32.7 case) analysis
The reference case SMR plant is simulated based on the plant described in Martinez et al. [24] and Spallina et al. [7] . The calculated equivalent hydrogen production efficiency is 79.28%, which is slightly below the 81-83% range in these studies [7, 24] . This difference is mainly attributable to differences in the PSA hydrogen recovery percentage, which is set to 86.57% in this paper (based on the Eq. 1) as opposed to 89% in the aforementioned works.
The base case GSR-H2 process (case P 32.7 ) shows an 8.1 %-point better hydrogen production efficiency than the reference SMR plant, but the equivalent hydrogen production efficiency is 3.8 %-points below the reference because of the high net electric power consumption of the GSR-H2 plant. The main efficiency penalty in the GSR-H2 plant with respect to the SMR plant comes from the air compressor, off-gas compressor and the CO 2 compression train, although some of this power consumption is cancelled out by the N 2 -gas turbine. The SMR plant, on the other hand, has a steam turbine to expand the high-pressure steam (92 bar) produced through heat recovery in the process, with additional low-grade heat export in the form of 6 bar steam. As a result, the net electricity consumption in the reference SMR plant is 0.43 MW and 4.5 TPH of 6 bar steam is exported, whereas the base case GSR-H2 plant has a net electrical consumption of 10.56 MW with no steam export. It can be noted that the exported steam has a low economic value and, if the low-grade thermal energy in this stream is neglected in Eq. 2, the equivalent hydrogen production efficiency of the reference case drops to 77.48% (only 2 %-points higher than the GSR-H2 base case). When considering only M A N U S C R I P T
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16 high-grade energy in the form of H 2 and electricity, the GSR-H2 plant produces 10.3 MW (LHV) more H 2 and consumes 10.1 MW more electricity than the SMR plant. It will therefore be more competitive in regions with access to low-cost electricity.
The base case GSR-H2 plant has a high CO 2 capture ratio of 96%, but a lower CO 2 avoidance of 84% because of the CO 2 emissions from the consumed electricity. The SPECCA for the base case GSR-H2 plant is 1.06 MJ/kg-CO 2 . In summary, the base case GSR-H2 plant has an equivalent hydrogen production efficiency penalty of 3.8 %-points with 84% CO 2 avoidance relative to the reference SMR plant without CO 2 capture. This result compares favourably with conventional post-combustion CO 2 capture that shows an efficiency penalty of 14 %points with 79% CO 2 avoidance [7] . 
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GSR-H2 process performance at different GSR operating pressures
The GSR operating pressure affects the performance of the GSR-H2 process in terms of the average temperatures in the different GSR steps and the energy recovery from the N 2 stream (Table 4 ). In general, higher reactor pressures require more oxygen carrier conversion in each step, leading to a lower average outlet temperature given the fixed maximum temperature of 1100 °C (see Figure 4 ). This reduction in average reactor temperature has an adverse effect on the equilibrium conversion of methane to syngas, which requires the use of a higher S/C ratio. The higher PSA efficiency at higher pressure ratios ( Figure 6 ) offsets this effect to a certain degree because the process energy balance can facilitate lower CH 4 conversion if more of the converted fuel can be extracted as H 2 . This trade-off results in a minimum S/C ratio in the 20-25 bar range (Table 3 ). Table 4 indicates that this minimum S/C ratio corresponds with a minimum in WGS inlet temperature and air flowrate as well as a maximum in N 2 -gas turbine inlet temperature. As shown in Figure 3 , the steam required for the GSR-H2 process is produced by recovering heat from the shifted syngas from WGS, reduction outlet stream from Hex 5, and the N 2 stream from the GSR oxidation step. For high S/C ratios, the steam requirement is high and hence more heat is recovered from the N 2 stream resulting in lower N 2 -gas turbine inlet temperatures. The work output from the turbine is a function of the TIT and the N 2 stream flow that is proportional to the airflow in the oxidation step of the GSR. Greater steam requirements also mean that more of the energy from the fuel must be converted to heat for raising steam. More fuel must therefore be combusted using oxygen from a larger air stream. The small reduction in WGS inlet temperature with lower S/C ratio is due to more cooling of the syngas stream in Hex 1 in Figure 3 if the stream contains less sensible heat from steam. Table 3 shows that H 2 compression work reduces at higher GSR operating pressures, since the H 2 stream exits the PSA unit at higher pressure. No significant difference is observed in the pump work for different cases. The PSA off-gas compressor work increases for higher GSR reactor pressures, whereas the CO 2 stream compression work reduces.
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The hydrogen production efficiency of the GSR-H2 process increases with GSR operating pressure. The equivalent hydrogen production efficiency increases for design pressures between 10 and 25 bar, after which it starts decreasing again. This result indicates that minimization of the S/C ratio by optimizing the trade-off between the high GSR reforming temperature at low operating pressures and the high PSA efficiency at high operating pressures is the most important factor.
The most direct measure of the effect of S/C ratio on plant efficiency is the heat rejection from the low-temperature condensation of excess steam in Hex 4 and Hex 6 in Figure 3 . As shown in Table 4 , lower S/C ratios reduce the amount of heat rejection to cooling water, leaving more energy for recovery as H 2 from the PSA and electricity from the N 2gas turbine.
For all the cases, the CO 2 capture and avoidance remain above 96% and 84% respectively. Hence, 25 bar is an optimum pressure in the GSR to produce hydrogen from the GSR-H2 process with higher efficiency and CO 2 capture. An economic assessment of the process, which is not in the scope of this study, will give more understanding in choosing the design pressure in the GSR. However, H 2 production from natural gas is sensitive to the fuel cost [7] , implying that the most efficient plant will most likely be the most economical.
GSR-H2 process performance with added thermal mass in the reactors
The objective of adding more thermal mass inside the GSR reactor is to reduce the temperature drop during the endothermic reforming step so that the reforming is carried out at a higher temperature (see Figure 5 ). This allows the required degree of methane conversion to be achieved with lower S/C ratios. Figure 7 (a, b and c) shows that the temperatures of the GSR outlet streams increase significantly when additional thermal mass is assumed in the GSR reactors. This is due to the lower degree of temperature variation below the maximum temperature of 1100 °C in the GSR cycle.
In Figure 7 (e and g), it is noticeable that the reforming inlet and WGS inlet temperatures are higher for the cases with additional thermal mass. The temperature increase in these streams is caused by the higher syngas temperature at the GSR reforming step outlet (Figure 7 .c) when additional thermal mass is included. A higher syngas temperature can achieve more fuel pre-heating in Hex 3 in Figure 3 and leaves more enthalpy in the stream exiting Hex 1 before the WGS reactors.
The GSR reforming inlet temperature was capped at 900 °C, resulting in a larger difference between reforming inlet and outlet temperatures in the cases with added thermal mass. This larger temperature difference requires slightly more fuel to be combusted to heat up the incoming gas streams. As a result, the air flow to the oxidation step of the GSR (Figure  7 .d) is 3-5% higher for the cases with additional thermal mass to supply additional oxygen for fuel combustion, which is also reflected in the air compression work in Table 3 .
As mentioned earlier, the main benefit of adding the thermal mass to the GSR reactors is a lower S/C ratio. Because of the lower S/C ratio, all the steam for reforming can be produced by heat recovery from shifted syngas after the WGS reactor and the reduction outlet stream from Hex 5 in Figure 3 . Therefore, the hot N 2 stream from the GSR oxidation step can be directly expanded in the N 2 -gas turbine to extract maximum work. It is seen in Figure 7 .f that the TIT for the N 2 -gas turbine is higher in the cases with added thermal M A N U S C R I P T
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The equivalent hydrogen production efficiency of the cases with added thermal mass (Figure 7 .h) is higher than the cases without additional thermal mass. This is due to the lower steam requirement, which allows more of the energy in the N 2 stream from the GSR oxidation step to the converted to electricity instead of raising additional steam. Figure 7 .h also shows that the optimum operating pressure for the GSR-H2 process is higher when additional thermal mass is included in the reactors. Case P 32.7-TH has the highest equivalent hydrogen production efficiency of 79.01%, which is only 0.27%-points less than the reference case SMR plant without CO 2 capture. The SPECCA for the GSR-H2 process in case P 32.7-TH is as low as 0.07 MJ/kg-CO 2 , confirming that the GSR-H2 process has a high potential to efficiently produce hydrogen with nearly complete CO 2 capture. However, electricity imports remain significant and CO 2 avoidance is therefore dependent on the CO 2 emissions intensity of the imported electricity. 
GSR-H2 without CO 2 capture
The equivalent hydrogen production efficiency of the GSR-H2 process without CO 2 capture is shown in Figure 8 for all the cases defined in Table 1 . Instead of Hex 6 and the CO 2 compression step in Figure 3 , a turbine is used to expand the CO 2 stream to produce additional power before venting to the atmosphere. Therefore, the overall power consumption in the GSR-H2 process is reduced and the equivalent hydrogen production efficiency increases by about 3 %-points. Figure 8 shows that the GSR-H2 process without CO 2 capture has higher equivalent hydrogen production efficiency than the SMR process for the cases with an operating pressure of 20 and 25 bar. All the cases with additional thermal mass in the GSR reactor have a higher equivalent hydrogen production efficiency than the SMR process.
The superior thermodynamic performance of the GSR concept relative to the conventional SMR plant is encouraging. Since efficiency has a large influence on process economics, it is possible that the GSR-H2 plant without capture can outcompete conventional H 2 production processes under current market conditions. In this case, GSR-H2 plants without CO 2 capture can be constructed independently of developments in climate policies. When CO 2 prices eventually increase strongly and CO 2 transport and storage infrastructure becomes available, the plant can easily be retrofitted for CO 2 capture by simply adding a CO 2 purification and compression train at a small efficiency penalty of around 3 %-points. In contrast, retrofitting conventional SMR plants with post combustion CO 2 capture will be a much more complex and expensive operation that results in an efficiency penalty of around 14 %-points [7] . Future economic assessment studies will investigate this possibility in detail.
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Role of steam and electricity utilities
As seen in Table 3 and the discussion above, electricity consumption and steam exports significantly influence the equivalent hydrogen efficiency. In the cases presented above, electricity is imported from the grid where the conversion of natural gas to electricity is carried out in natural gas combined cycle (NGCC) plants. In addition, it is assumed that the excess steam produced from the process is exported for productive utilization in a facility nearby.
However, to make the hydrogen plant independent of the exports and imports in terms of steam and electricity, two scenarios are discussed for the cases defined in Table 5 . All the GSR cases in Table 5 assume a GSR operating pressure equal to 32.7 bar. In scenario 1, the steam exports remain the same and are assumed to be exported to a facility nearby, whereas the net electrical efficiency of the power plant that provides the required electricity is varied between 20% to 70%. The change in power plant efficiency is reflected in Eq. 2, where the constant 0.583 (net electrical efficiency of a NGCC plant) is replaced with the respective net electrical efficiency. For example, the net electrical efficiency of a NG fired boiler integrated with a steam turbine is between 20-30%, whereas advanced combined cycles could have efficiencies in excess of 60%.
The change in the power plant efficiency also affects the CO 2 avoided and equivalent CO 2 emissions according to Eq. 11 and Eq. 12 respectively considering the term E el changes according to (E NG /power plant efficiency).
In scenario 2, the excess steam from the process (steam export) is expanded (to 0.05 bar) in a steam turbine (polytropic efficiency of 80%) on site, whereas the net electrical efficiency of the power plant is varied between 20% and 70%. The main results for the two scenarios are discussed below. Case Definition SMR SMR plant without CO 2 capture GSR-i GSR-H2 plant without CO 2 capture and no additional thermal mass GSR-ii GSR-H2 plant with CO 2 capture and no additional thermal mass (case P 32.7 in Table 1 ) GSR-iii GSR-H2 plant without CO 2 capture and with additional thermal mass GSR-iv GSR-H2 plant with CO 2 capture and additional thermal mass (case P 32.7-TH in Table 1 )
Scenario 1: Steam is exported and electricity from a different source
As seen in Figure 9 .a, the SMR plant is not sensitive to the power plant efficiency since the electricity requirements are small ( Table 3 ). All the GSR plants are more sensitive to electricity conversion efficiency because of their substantial power consumption. If a NG boiler integrated with steam turbine is used onsite for electricity production (assuming the net electrical efficiency of it to be 30%), GSR-H2 plant with CO 2 capture (GSR-ii and GSR-iv) will have 5-11 %-point less equivalent hydrogen production efficiency than the SMR plant without capture. However, as seen in Figure 9 .b, the CO 2 emissions will significantly reduce in the cases for GSR-H2 with CO 2 capture, although lower efficiency power cycles significantly increase equivalent emissions. Figure 9 also shows that GSR-H2 plant without CO 2 capture (GSR-iii) will outperform the SMR plant as long as the power plant efficiency is above 35%. Since the SMR plant exports the most steam, it will be most affected when steam exports are not possible, requiring on-site expansion to produce power at a low efficiency. In this scenario, the equivalent hydrogen production efficiency of the SMR plant is 2%-points less than the case where steam is exported. In contrast, the change in equivalent hydrogen production efficiency of the GSR-H2 process with and without CO 2 capture is less than 1%-points between scenario 1 and scenario 2 due to lower production of excess steam. As expected, Figure 10 shows similar trends to Figure 9 , with the main difference being better performance of the GSR plants relative to the SMR benchmark. The equivalent CO 2 emission trends in scenario 2 (Figure 10 .b) are slightly higher than observed in scenario 1, since the energy conversion factor to expand excess steam is less than using it for heating in a nearby facility. 
Conclusions
This study investigated the efficiency of the gas switching reforming (GSR) process for producing pure hydrogen with integrated CO 2 capture. GSR has high fundamental potential for efficient production of clean hydrogen because the heat for the endothermic steam methane reforming reaction can be produced by combusting the PSA off-gas fuel with inherent CO 2 capture without incurring a direct energy penalty.
The GSR operating pressure has an important effect on the GSR-H2 process. If the pressure becomes too low, the achievable H 2 separation efficiency in the PSA unit reduces substantially, thus lowering the overall process efficiency. On the other hand, excessively high pressures limit the methane conversion in the GSR reactors with the same negative effect on process efficiency. An intermediate pressure of 25 bar was found to be optimal in this case, returning an equivalent H 2 production efficiency that is 3.8 %-points lower than the reference SMR plant without CO 2 capture for a SPECCA of 0.67 MJ/kg-CO 2 . GSR-H2 process efficiency could be further improved by adding thermal mass to the reactors to reduce the amount of temperature variation across the transient GSR cycle. This allowed for higher reforming temperatures, in turn allowing for high methane conversion with lower S/C ratios. Lower steam requirements allowed more of the fuel energy to be converted to electricity instead of raising steam, thus increasing the equivalent H 2 production efficiency. As a result, the added thermal mass almost eliminated the energy penalty of the process with an insignificant SPECCA of 0.07 MJ/kg-CO 2 .
The GSR-H2 process demands higher electricity imports when compared to the SMR plant, but is less dependent on steam exports. Therefore, GSR-H2 becomes less attractive when all power must be produced on site, but more attractive when steam exports are not possible. A fully independent plant that expands all excess steam in a steam turbine and produces all power requirements onsite with a thermal efficiency of 30% will increase the SPECCA of the GSR-H2 process to 1.15 MJ/kg-CO 2 and reduce the CO 2 avoided by 6 %points.
When the CO 2 stream produced by the GSR-H 2 plant is expanded and vented instead of compressed for transport and storage, the hydrogen production efficiency increases by about 3 %-points, outperforming the reference SMR plant. Future work will investigate the economic performance of the GSR-H2 process with and without CO 2 capture to determine whether the attractive efficiencies translate into competitive H 2 production costs. In particular, the economic assessment will investigate an interesting business case where GSR-H 2 plants are constructed without CO 2 capture under current market conditions to be easily retrofitted for CO 2 capture with a minimal energy penalty when CO 2 prices eventually rise to high levels.
GSR-H2 is therefore seen as a promising method for clean H 2 production. The simple standalone bubbling fluidized bed GSR reactors are designed for easy operation under pressurized conditions, allowing for rapid scale-up. The primary technical uncertainty arises from the need for high temperature valves before and after the reactors for operation in the temperature range of 1000-1100 °C. In addition, the longevity of the proven and highly reactive oxygen carrier employed in this study should be thoroughly tested. Following these steps, the GSR-H2 process will be a viable candidate for producing clean hydrogen without a significant energy penalty relative to the benchmark process. • Process design of the pure-H 2 production plant with CO 2 capture (GSR-H2) is presented • Optimum design pressure for the gas switching reforming (GSR) reactor is identified • GSR-H2 with 96% CO 2 capture shows only 3.8%-point efficiency penalty relative to conventional H 2 production process • The efficiency penalty in GSR-H2 is eliminated by including additional thermal mass in the GSR reactor M A N U S C R I P T
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